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Capítulo adaptado del libro clásico de Transferencia de Materia: “Mass-Transfer 
Operations” de Robert E. Treybal, publicado en el año 1980 en N. York por McGraw-
Hill Book Company. 
 
 
 
 
 
 
 
 
 
 

 
 
 

 
 
 

ABSORCION Y STRIPPING DE GASES CON 
SOLVENTES 
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ONE COMPONENT TRANSFERRED. MATERIAL BALANCES 
 
The basic expressions for material balances and their graphical interpretation 
were presented for any mass-transfer operation in Chap. 5.  Here they are 
adapted to the problems of gas absorption and stripping. 
 
Countercurrent Flow 
 
 
Figure 8.4 shows a countercurrent tower which may be either a packed or spray 
tower, filled with bubble-cap trays or of any internal construction  to  bring  about 
 

   
        Figure 8.4 Flow quantities for an absorber or stripper. 

 
liquid-gas contact. The gas stream at any point in the tower consists of G total 
mol/(area of tower cross section) (thee), made up of diffusing solute A of mole 
fraction y, partial pressure p, or mole ratio Y, and nondiffusing, essentially 
insoluble gas Gs moI/(area) (time). The relationship between these is 
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Similarly the liquid stream consists of L total mol/(area) (time), containing x mole 
fraction soluble gas, or mole ratio X, and essentially nonvolathe solvent Ls 
mol/(area) (time). 

 

 
 

Since the solvent gas and solvent liquid are essentially unchanged in quantity 
as they pass through the tower, it is convenient to express the material balance 
in terms of these. A solute balance about the lower part of the tower (envelope I) 
is † 
 

 
 

Figure 8.5.  Operating lines for absorber and stripper. 
 

         

           
 
This is the equation of a straight line (the operating line) on X, Y coordinates, of 
slope Ls/Gs, which passes through (X1, Y1). Substitution of X2 and Y2 for X and Y 
shows the line to pass through (X2, Y2), as on Fig. 8.5a for an absorber. This 
line indicates the relation between the liquid and gas concentration at any level 
in the tower, as at point P. 
 
T Equations (8.9) and (8.10) and the corresponding Figs. 8.4 to 8.8 are written as for packed 
towers, with t indicating the streams at the bottom and 2 those at the top. For tray towers, where 
tray numbers are used as subscripts, as in Fig. 8.12, the same equations apply, but changes in 
subscripts must be made. Thus Eq. (8.9) becomes, when applied to an entire tray tower, 
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The equilibrium-solubility data for the solute gas in the solvent liquid can 
also be plotted in terms of these concentration units on the same diagram, as 
curve MN, for example. Each point on this curve represents the gas concentra-
tion in equilibrium with the corresponding liquid at its local concentration and 
temperature. For an absorber (mass transfer from gas to liquid) the operating 
line always lies above the equilibrium-solubility curve, while for a stripper (mass 
transfer from liquid to gas) the line is always below, as in Fig. 8.5b. 

The operating line is straight only when plotted in terms of the mole-ratio 
units. In terms of mole fractions or partial pressures the line is curved, as in Fig. 
8.6 for an absorber. The equation of the line is then 
 

 
 

 
Figure 8.6. Operating line in mole fractions. 

 
The total pressure pt at any point can ordinarily be considered constant 
throughout the tower for this purpose. 
 
 
Minimum Liquid-Gas Ratio for Absorbers 
 
In the design of absorbers, the quantity of gas to be treated G or Gs the terminal 
concentrations Y1 and Y2, and the composition of the entering liquid X2 are 
ordinarily fixed by process requirements, but the quantity of liquid to be used is 
subject to choice. Refer to Fig. 8.7a. The operating line must pass through point 
D and must end at the ordinate Y1. If such a quantity of liquid is used to give 
operating line DE, the exit liquid will have the composition X1. If less liquid is 
used, the exit-liquid composition will clearly be greater, as at point F, but since 
the driving forces for diffusion are less, the absorption is more difficult. 
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The time of contact between gas and liquid must then be greater, and the 
absorber must be correspondingly taller. The minimum liquid which can be used 
corresponds to the operating line DM, which has the greatest slope for any line 
touching the equilibrium curve and is tangent to the curve at P. At P the 
diffusional driving force is zero, the required thee of contact for the concentra-
tion change desired is infinite, and an infinitely tall tower results. This then 
represents the limiting liquid-gas ratio. 

 The equilibrium curve is frequently concave upward, as in Fig. 8.7b, and 
the minimum liquid-gas ratio then corresponds to an exit-liquid concentration in 
equilibrium with the entering gas. 
 

 
 

Figure 8.7 Minimum liquid-gas ratio, absorption. 
 

These principles also apply to strippers, where an operating line which 
anywhere touches the equilibrium curve represents a maximum ratio of liquid to 
gas and a maximum exit-gas concentration. 
 
Concurrent Flow 
 
When gas and liquid flow cocurrently, as in Fig. 8.8, the operating line has a 
negative slope -Ls/Gs.There is no limit on this ratio, but an infinitely tall tower 
would produce an exit liquid and gas in equilibrium, as at (Xe, Ye). Cocurrent 
flow may be used when an exceptionally tall tower is built in two sections, as in 
Fig. 8.9, with the second section operated in cocurrent flow to save on the large-
diameter gas pipe connecting the two. It may also be used if the gas to be 
dissolved in the liquid is a pure substance, where there is no advantage to 
countercurrent operation, or if a rapid, irreversible chemical reaction with the 
dissolved solute occurs in the liquid, where only the equivalent of one theoretical 
stage is required. 
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Illustration 8.2 A coal gas is to be freed of its light oil by scrubbing with wash oil as an 
absorbent and the light oil recovered by stripping the resulting solution with steam. The 

circumstances are as follows 
 

 
Figure 8.8 Cocurrent absorber. 

 

 
Figure 8.9 Countercurrent-cocurrent arrangement for very tall towers. 
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Absorber Gas in, 0,250 m3/s (31 800 ft3/h) at 26 ºC, pt = 1.07 × l0
5 N/m2 (803 mmHg), 

containing 2.0% by volume of light oil vapors. The light oil wilI be assumed to be entireIy 
benzene, and a 95% removal is required. The wash oil is to enter at 26 ºC, containing 
0.005 mole fraction benzene, and has an av tool wt 260. An oil circulation rate of 1.5 
thees the minimum is to be used. Wash oil-benzene solutions are ideal. The temperature 
wilt be constant at 26 ºC. 
 
Stripper The solution from the absorber is to be heated to 120 ºC and will enter the 
stripper at 1 std atm pressure. Stripping steam will be at standard atmospheric pressure, 
superheated to 122 ºC. The debenzolized oil, 0.005 mole fraction benzene, is to be 
cooled to 26 ºC and returned to the absorber. A steam rate of 1.5 thees the minimum is to 
be used. The temperature will be constant at 122 ºC. 
Compute the oil-circulation rate and the steam rate required. 
 
 
SOLUTION
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Figure 8.10 Solution to Illustration 8.2, absorption. 

 
which is the equilibrium-curve equation for the absorber, plotted in Fig. 8.10. Operating 
lines originate at point D in this figure. For the minimum oil rate, line DE is drawn as the 
line of maximum slope which touches the equilibrium curve (tangent to the curve). At Y1= 
0.0204, X1=0.176 kmol benzene/kmol wash oil (point E). 
 

The operating line is DF. 
 

Stripper At 122 ºC, the vapor pressure of benzene is 2400 mmHg = 319.9 kN/m2. The 
equilibrium curve for the stripper is therefore 

 
which is drawn in Fig. 8.11. For the stripper, X2 = 0.1190, X1 = 0.00503 kmoI 
benzene/kmol oil, Y1 = 0 kmol benzene/kmol steam. For the minimum steam rate, line MN 
is drawn tangent to the equilibrium curve, and at N the value of Y2 = 0.45 kmol 
benzene/kmol steam. 

For 1.5 thees the steam rate is 1.5 (4.526 x 10-4)= 6.79 x 10-4 kmol/s, corresponding to 
line MP. 
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Figure 8.11 Solution to Illustration 8.2, stripping. 

 
 
 
COUNTERCURRENT MULTISTAGE OPERATION,  
ONE COMPONENT TRANSFERRED 
 
Tray towers and similar devices bring about stepwise contact of the liquid and 
gas and are therefore countercurrent multistage cascades. On each tray of a 
sieve-tray tower, for example, the gas and liquid are brought into intheate 
contact and separated, somewhat in the manner of Fig. 5.14, and the tray thus 
constitutes a stage. Few of the tray devices described in Chap. 6 actually 
provide the parallel flow on each tray as shown in Fig. 5.14. Nevertheless it is 
convenient to use the latter as an arbitrary standard for design and for 
measurement of performance of actual trays regardless of their method of 
operation. For this purpose a theoretical, or ideal, tray is defined as one where 
the average composition of atl the gas leaving the tray is in equilibrium with the 
average composition of all the liquid leaving the tray. 

The number of ideal trays required to bring about a given change in 
composition of the liquid or the gas, for either absorbers or strippers, can then 
be determined graphically in the manner of Fig. 5.15. This is illustrated for an 
absorber in Fig. 8.12, where the liquid and gas compositions corresponding to 
each tray are marked on the operating diagram. Ideal tray 1, for example, brings 
about a change in liquid composition from X0 to X1 and of gas composition from 
Y2 to Y1. 

 
X = moles benzene / mole wash oil 
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Figure 8.12 Tray absorber. 

 
The step marked 1 on the operating diagram therefore represents this ideal tray. 
The nearer the operating line to the equilibrium curve, the more steps will be 
required, and should the two curves touch at any point corresponding to a 
minimum Ls/Gs ratio, the number of steps will be infinite. The steps can equally 
be constructed on diagrams plotted in terms of any concentration units, such as 
mole fractions or partial pressures. The construction for strippers is the same, 
except, of course, that the operating line lies below the equilibrium curve. 

It is usually convenient, for tray towers, to define the flow rates L and G 
simply as mol/h, rather than to base them on unit tower cross section. 
 
 
Dilute Gas Mixtures 
 
Where both operating line and equilibrium curve can be considered straight, the 
number of ideal trays can be determined without recourse to graphical methods. 

 
This will frequently be the case for relatively dilute gas and liquid mixtures. 
Henry's law [Eq. (8.2)] often applies to dilute solutions, for example. If the 
quantity of gas absorbed is small, the total flow of liquid entering and leaving the 
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absorber remains substantially constant, LLL
PN ≈≈0  total mol/(area) (time), 

and similarly the total flow of gas is substantially constant at G total mol/(area) 
(time). An operating line plotted in tcrms of mole fractions will then be 
substantially straight. For such cases, the Kremser equations (5.50) to (5.57) 
and Fig. 5.16 apply.T Small variations in A from one end of the tower to the 
other due to changing L/G as a result of absorption or stripping or to change in 
gas solubility with concentration or temperature can be roughly allowed for by 
using the geometric average of the values af A at top and bottom [17]. For large 
variations, either more elaborate corrections [13, 20, 33] for A, graphical com-
putations, or tray-to-tray numerical calculations as developed below must be 
used. 
 
The Absorption Factor A 
 
The absorption factor A = L/mG is the ratio of the slope of the operating line to 
that of the equilibrium curve. For values of A tess than unity, corresponding to 
convergence of the operating line and equilibrium curve for the lower end of the 
absorber, Fig. 5.16 indicates clearty that the fractional absorption of solute is 
definitely limited, even for infinite theoretical trays. On the other hand, for values 
of A greater than unity, any degree of absorption is possible if sufficient trays 
are provided. For a fixed degree of absorption from a fixed amount of gas, as A 
increases beyond unity, the absorbed solute is dissolved in more and more 
liquid and becomes therefore less valuable. At the same thee, the number of 
trays decreases, so that the equipment cost decreases. From these opposing 
cost tendencies it follows that in all such cases there will be a value of A, or of 
L/G, for which the most economical absorption results. This should be obtained 
generally by computing the total costs for several values of A and observing the 
minimum. As a rule of thumb for purposes of rapid estimates, it has been  
 
T These become, in terms of moIe fractions, 

 
 
 

 

 
 
 
where A =L/mG, and S = mG/L. 

Absorption: 
 

    Stripping: 
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frequently found [8] that the most economical A will be in the range from 1.25 to 
2.0. 

The reciprocal of the absorption factor is called the stripping factor S. 
 

Illustration 8.3 Determine the number of theoretical trays required for the absorber and 
the stripper of lllustration 8.2. 

 
SOLUTION 

 
Absorber Since the tower will be a tray device, the following notation changes will be 
made (compare Figs. 8.4 and 8.12): 

 
The operating diagram is established in lltustradon 8.2 and replotted in Fig. 8.13, where 
the theoretical trays are stepped off: Between 7 and 8 (approximately 7.6) theoretical 
trays are 
 

Stripper The trays were determined graphically in the 
same manner as for the absorber and found to be 6.7. 
Figure 5.16 for this case gave 6.0 trays owing to the 
relative noneonstancy of the stripping factor, 1/ANp = SNp 
= 1.197, 1/A1 = S1 = 1.561. The graphical method  should 
be used.  

 
Figure 8.13 Illustration 8.3, the absorber. 
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Nonisothermal Operation 
 
Many absorbers and strippers deal with dilute gas mixtures and liquids, and it is 
frequently satisfactory in these cases to assume that the operation is isothermal. 
But actually absorption operations are usually exothermic, and when large 
quantities of solute gas are absorbed to form concentrated solutions, the 
temperature effects cannot be ignored. If by absorption the temperature of the 
liquid is raised to a considerable extent, the equilibrium solubility of the solute 
will be appreciably reduced and the capacity of the absorber decreased (or else 
much larger flow rates of liquid will be required). If the heat evolved is 
excessive, cooling coils can be installed in the absorber or the liquid can be 
removed at intervals, cooled, and returned to the absorber. For stripping, an 
endothermic action, the temperature tends to fall. 

Consider the tray tower of Fig. 8.14. If QT is the heat removed per unit 
thee from the entire tower by any means whatsoever, an enthalpy balance for 
the entire tower is 

 
 
where H represents in each case the molal enthalpy of the stream at its 
particular concentration and condition. It is convenient to refer all enthatpies to 
the condition of pure liquid solvent, pure diluent (or solvent) gas, and pure solute 
at some base temperature to, with each substance assigned zero enthalpy for its 
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normal state of aggregation at to and 1 atm pressure. Thus, the molal enthalpy 
of a liquid solution, temperature tL, composition x mole fraction solute, can be 
obtained either from Eq. (8.4) or, depending on the nature of the data available, 
from 
 

 
 

where the first term on the right represents the sensible heat and the second the 
molal enthalpy of mixing, or integral heat of solution, at the prevailing 
concentration and at the base temperature to, per mole of solution. If heat is 
evolved on mixing, ∆Hs will be a negative quantity. If the absorbed solute is a 
gas at to, 1 std atm, the gas enthalpy will include only sensible heat. If the 
absorbed solute is a liquid at the reference conditions, as in the case of many 
vapors, the enthalpy of the gas stream must also include the latent heat of 
vaporization of the solute vapor (see Chap. 7). For ideal solutions,  for mixing 
liquids is zero, and the enthalpy of the solution is the sum of the enthalpies of 
the separate, unmixed constituents. If the ideal liquid solution is formed from a 
gaseous solute, the heat evolved is the latent heat of condensation of the 
absorbed solute. 
 
For adiabatic operation, QT of Eq. (8.11) is zero and the temperature of the 
streams leaving an absorber will generally be higher than the entering 
temperature owing to the heat of solution. The rise in temperature causes a 
decrease in solute solubility, which in turn results in a larger minimum L/G and a 
larger number of trays than for isothermal absorption. The design of such 
absorbers may be done numerically, calculating tray by tray from the bottom to 
the top. The principle of an ideal tray, that the effluent streams from tray are in 
equilibrium both with respect to composition and temperature, is utilized for 
each tray. Thus total and solute balances up tray n, as shown by the envelope. 
Fig 8.14, are 
 

        
 

from which Ln and Xn are computed. An enthalpy balance is 
 

            
from which the temperature of stream Ln  can be obtained. Stream GN is then at 
the same temperature as LN and in composition equilibrium with it. Equations 
(8.13) to (8.15) are then applied to tray n-1, and so forth. To get started, since 
usually only the temperature of the entering streams Lo and GNp+1 are known, it 
is usually necessary to estimate the temperature t1 of the gas G1 (which is the 
same as the top tray temperature), and use Eq (8.11) to compute the 
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temperature of the liquid leaving at the bottom of the tower. The estimate is 
checked when the calculations reach the top tray, and if necessary the entire 
computation is repeated. The method is best illustrated by an example. 
 

Illustration 8.4 One kilomole per unit time of a gas consisting of 75% methane, CH4, and 
25% n-pentane vapor, n-C5H12, 27ºC, 1 std atm, is to be scrubbed with 2 kmol / unit time 
of a non-volatile paraffin oil, mol wt 200, heat capacity 1.884 kJ/kg· K, entering the 
absorber free of pentane at 35ºC. Compute the number of ideal tray for adiabatic 
absorption of 98% of the pentane. Neglect solubility of CH4 in the oil, and pressure 
operation to be a 1 std atm (neglect pressure drop for flow through the trays). The 
pressure forms ideal solutions with the paraffin oil. 

 
 
 
A graphical solution using an enthalpy-concentration diagram (see Chap. 

9) is also possible [43]. When the temperature rise for the liquid is large or for 
concentrated gases entering and small values of L/G, the rate of convergence of 
the calculated and assumed t1 is very slow and the computation is best done on 
a digital computer. There may be a temperature maximum at some tray other 
than the bottom one. If the number of trays is fixed, the outlet-gas composition 
and top-tray temperature must both be found by trial and error. Cases when the 
carrier gas is absorbed and the solvent evaporates [3, 4] are considered to be 
multicomponent systems (which see). 
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Figure 5.16  Number of theoretical stages for countercurrent cascades, with Henry's law 
equilibrium and constant absorption or stripping factors. [After Hachmuth and Vance, Cherr.Eng, 
Prog., 48, 523,570, 617 (1952).] 
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Real Trays and Tray Efficiency 
 
Methods for estimating the Murphree tray efficiency corrected for entrainment 
EMGE for sieve trays are discussed in detail in Chap. 6. For a given absorber or 
stripper, these permit estheation of the tray efficiency as a function of fluid 
compositions and temperature as they vary from one end of the tower to the 
other. Usually it is sufficient to make such computations at only three or four 
locations and then proceed as in Fig. 8.16. The broken line is drawn between 
equilibrium curve and operating line at a fractional vertical distance from the 
operating line equal to the prevailing Murphree gas efficiency. Thus the value of 
EMGE for the bottom tray is the ratio of the lengths of lines, AB/AC. Since the 
broken line then represents the real effluent compositions from the trays, it is 
used instead of the equilibrium curve to complete the tray construction, which 
now provides the number of real trays. 
 

 
Figure 8.16  Use of Murphree efficiencies for an absorber. 

 
When the Murphree efficiency is constant for all trays, and under condi-

tions such that the operating line and equilibrium curves are straight (Henry's 
law, isothermal operation, dilute solutions), the overall tray efficiency can be 
computed and the number of real trays can be determined analytically: 
 

  
For rough estimates, Fig. 6.24 is useful for both bubble-cap and sieve trays. 
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 Illustration 8.5 A process for making small amounts of hydrogen by cracking ammonia 
is being considered, and residual, uncracked ammonia is to be removed from the 
resulting gas. The gas will consist of H2 and N2 in the molar ratio 3:1, containing 3% NH3 
by volume, at a pressure of 2 bars and temperature of 30 ºC. 
 There is available a sieve-tray tower, 0.75 m diameter, containing 14 cross-flow trays at 
0.5 m tray spacing. On each tray, the downflow weir is 0.53 m long and extends 60 mm 
above the tray floor. The perforations are 4.75 mm in diameter, arranged in triangular 
pitch on 12.5-mm centers, punched in sheet metal 2.0 mm thick. Assume isothermal 
operation at 30 ºC. Estheate the capacity of the tower to remove ammonia from the gas 
by scrubbing with water. 
 
SOLUTION In this case "capacity" will be taken to mean obtaining a low NH3 content of 
the effluent gas at reasonable gas rates. 
From the geometry of the tray arrangement, and in the notation of Chap. 6, the following 
are readily calculated: 

 
The flooding gas rate depends upon the liquid rate chosen. With the preceding values, the 
flooding gas rate is found by simultaneous solution of Eqs. (6.29) and (6.30) by trial and 

error. For these solutions, σ =   68 x 10-3 N/m surface tension. As a final trial, use a gas 
mass rate = 0.893 kg/s. 

 
Table 6.2: α = 0.04893, β = 0.0302. Eq. (6.30): CF= 0.0834. Eq. (6.29): VF = 3.11 m/s 
based on An Therefore flooding gas mass rate = 3.11 (0.4014) (0.716) = 0.893 kg/s 
(check). Use 80% 
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Since the quantity of gas absorbed is relatively small with respect to the totaI flow and the 
liquid solutions are dilute, the Murphree efficiency wifl be taken as constant for all trays. 
For the dilute solutions encountered here, the operating line in terms of mole-fraction 
concentrations is essentially straight. Consequently, Eq. (8.16): 

 
(Note: Fig. 6.24, with abscissa =1.306 × 10-5 for these data, shows  7.00 ≈E for 

absorption of NH3 in water, the point plotted as + .) Eq. (8.16): Np = 14 (0.710) =9.94 
theoretical trays. Fig. 5.16 is off-scale. Therefore, the Kremser equation Eq. (5.54a), gives 

 
CONTINUOUS-CONTACT EQUIPMENT 
 
Countercurrent packed and spray towers operate in a different manner from 
plate towers in that the fluids are in contact continuously in their path through 
the tower, rather than intermittently. Thus, in a packed tower the liquid and gas 
compositions change continuously with height of packing. Every point or, an 
operating line therefore represents conditions found somewhere in the tower, 
whereas for tray towers, only the isolated points on the operating line corre-
sponding to trays have real significance. 
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Height Equivalent to an Equilibrium Stage (Theoretical Plate) 
 
A simple method for designing packed towers, introduced many years ago, 
ignores the differences between stagewise and continuous contact. In this 
method the number of theoretical trays or plates required for a given change in 
concentration is compuied by the methods of the previous section. This is then 
multiplied by a quantity, the height equivalent to a theoretical tray or plate 
(HETP) to give the required height of packing to do the same job. The HETP 
must be an experimentaIIy determined quantity characteristic for each packing. 
Unfortunately it is found that the HETP varies, not only with the type and size of 
the packing but also very strongly with flow rates of each fluid and for every 
system with concentration as welI, so that an enormous anaount of 
experimental data would have to be accumulated to permit utilization of the 
method. The difficulty lies in the failure to account for the fundamentalIy different 
action of tray and packed towers, and the method has now largely been 
abandoned. 
 
Absorption of One Component 
 
Consider a packed tower of unit cross section, as in Fig. 8. 17. The total 
effective interfacial surface for mass transfer, as a result of spreading of the 
liquid in a film over the packing, is S per unit tower cross section. This is 
conveniently described as the product of a specific interracial surface, surface 
per volume of 

Figure 8.17 Packed tower. 
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packing, by the packed volunm Z volume per unit tower cross section, or height 
(the quantity a is the aA of Chap. 6). In the differential volume dZ, the interface 
surface is 

 
The quantity of solute A in the gas passing the differential section of the tower 
under consideration is Gy mol/(area) (time), and the rate of mass transfer is 
therefore d(Gy) moI A/(differential volume) (time). Since NB = 0 and NA (NA+ NB) 
= 1.0, application of Eq. (5.20) provides 

 
Both G and y vary from one end of the tower to the other, but Gs, the solvent 
gas which is essentially insoluble, does not. Therefore, 

 
Substituting in Eq. (8.18), rearranging, and integrating give 

 
The value of yi can be found by the methods of Chap. 5, using Eq. (5.21) with 

∑ = 1/ NN A  

For any value of (x, y) on the operating curve plotted in terms of mole fractions, 
curve of x, vs. yi from Eq. (8.21) is plotted to determine the intersection with the 
equilibrium curve. This provides the local y and yi for use in Eq. (8.20).T 

Equation (8.20) can then be integrated graphically after plotting the integrand as 
ordinate vs. y, as abscissa. 

However, it is more customary to proceed as follows [6]. Since 
 
the numerator and denominator of the integral of Eq. (8.20) can be multiplied 

respectively by the right- and left-hand sides of Eq. (8.22) to provide 
 

T As demonstrated in Illustration 8.6, for moderately dilute solutions it is satisfactory to 
determine yi by a line of slope -kxa/kya drawn from (x,y) on the operating line to intersection with 
the equilibrium curve, in accordance with Eq. (5.2). 
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Overall Coefficients and Transfer Units (m = dyi/dxi = const) 
 
For cases where tlle equilibrium distribution curve is straight and the ratio of 
mass-transfer coefficients is constant, it was shown in Chap. 5 that overall 
mass-transfer coefficients are convenient. The expressions for the height of 
packing can then be written 

 
Here y* (or Y*) is the solute concentration in the gas corresponding to 

equilibrium with the bulk liquid concentration x (or X), so that y- y* (or Y - Y*) is 
simpty the vertical distance between operating line and equilibrium curve. (1 - 
y)*M is the logarithmic average of 1 - y and 1 - y*. These methods are convenient 
since interracial concentrations need not be obtained, and Eq. (8.36) is 
especially convenient since the operating line on X, Y coordinates is straight. 
NtoG , is the number of overall gas transfer units, H tOG the height of an overall 
gas transfer unit. 

Equations (8.33) to (8.37) are usually used when the principal mass-
transfer resistance resides within the gas. For cases where the principal mass-
transfer resistance lies within the liquid, it is more convenient to use 
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Dilute Solutions 
 
The computation of the number of transfer units for dilute mixtures can be 
greatly simplified. When the gas mixture is dilute, for example, the second term 
of the definition of NtOG [Eq. (8.35)] becomes entirely negligible and can be 
discarded 
 

                   
 
If the equilibrium curve in terms of mole fractions is linear over the range of 
compositions x1 to x2, then 

      
 
If the solutions are dilute, the operating line can be considered as a straight line 
as well 
     

                      ( ) 2y2xx
G

L
y +−=            (8.45) 

 
so that the driving force y – y* is then linear in x 

             
 
where q, r, and s are constants. Therefore Eq. (8.43) becomes 
 

             
 

where (y - y*)M is the logarithmic average of the concentration 
differences at the ends of the tower. This equation is somethees used in the 
familiar rate form obtained by substituting the definition of NtOG 
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Dilute Solutions, Henry´s Law 
 
If Henry's law applies [r of Eq. (8.44)= 0], by elimination of x between Eqs. 
(8.44) and (8.45) and substitution of y* in Eq. (8.43) there results for absorbers 
[9] 
   
  

                  
 
where A = L/mG, as before. For strippers, the corresponding expression in 
terms of  NtOG  is similar 
 
  

         
 
These are shown in convenient graphical form in Fig. 8.20. 
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Figure 8.20 Number of transfer units for absorbers or strippers with constant absorption or 
stripping factor. 

 
 
 
 
 
 



TRANSFERENCIA DE MATERIA  - ASPECTOS TEORICOS 

Universidad Mayor – Dr. Carlos Martínez Pavez  - Marzo 2002 129 

Plate Efficiency 
 

The number of ideal stages required for a desired separation may be 
calculated by one of the methods previously discussed but in practice it wilt 
normally be found that more trays are required than ideal stages. Then the ratio 
n/np of the number of ideal stages n to the number of actual trays np, represents 
the overall efficiency, E, of the column. This overall efficiency may vary from 30 
to 100%.* The main reason for loss in efficiency is that the kinetics for the rate 
of approach to equilibrium, mid the flow pattern on the plate, may be 
unfavourable, so that equilibrium between the vapour and liquid is not attained. 
Some empirical equations have been developed from which values of efficiency 
may be calculated, and this approach is of considerable value in giving a 
general picture of the problem. The proportion of liquid and vapour, and the 
physical properties of the mixtures on the trays, will vary up the column, and to 
obtain a sharper picture of the meaning of efficiency we must Iook at conditions 
on individual trays as suggested by Murphree. For a single ideal tray the vapour 
leaving is in equilibrium with the liquid leaving, and the ratio of the actual change 
in composition achieved to that which would occur if equilibrium between yn and 
xn were achieved is known as the Murphree plate efficiency EM. Using the 
notation shown in Fig. 10.46, the plate efficiency expressed in vapour terms is 
given by 
 

where ye is the composition of the vapour that would be in equilibrium with the 
liquid of composition xn actually leaving the plate. This equation gives 
 

FIG. 10.46. Compositions of liquid and vapour streams from plates 
 

*Table of overall efficiency. J. H. Perry, 4th edn. pp. 18-23. Apparent efliciencies in excess of 
100% can be obtained in special cases as a result, of the flow of liquid across the plate. 
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the efficiency in vapour terms, but if the concentrations in the Iiquid streams are 
used then the plate efficiency EMT is given by 

 
where xe is the composition of the liquid that would be in equilibrium with the 
composition yn of the vapour actually leaving the plate. 

The ratio EMv is shown graphically in Fig. 10.47 where for any operating 
line AB the enrichment that would be achieved by an ideal  plate is BC, and that 
achieved with an actual plate is BD. Then the ratio BD/BC represents the plate 
efficiency. The efficiency may vary from point to point on a tray. Local values of 
the Murphree efficiency will be designated Emg and Eml. 

 
FIG. 10.47. Graphical representation of plate efficiency Emv 

 
Empirical Expressions for Plate Efficiency 

The efficiency of the individual plates will be expected to depend on the 
physical properties of the mixture, the geometrical arrangements of the trays, 
and the flowrates of the two phases. A simple empirical relationship for the 
overall efficiency, E, of columns handling petroleum hydrocarbons was given by 
Drickamer and Bradford who reIated efficiency for the column to the average 
viscosity of the feed: 

where xf is the moI fraction of the component in the feed, and 
µL. is the viscosity in centipoises at the mean lower temperature. 
 
The towers studied ranged in diameter from 4 to 7½ ft, with riser areas 

of 7.2 to 11.5%, and caps with slots from ¾  in to 1¼ in. deep and up to ¼ in. in 
width. The weir height varied from 1.5 to 2.75 in. Further work, mainly with 
larger lowers of 10ft in diameter, suggested that higher efficiencies were 
obtained with larger diameters because of the longer liquid path. Thus. 
compared with a 3 ft diameter tray, one of 10 ft diameter might give up to 25% 
greater efficiency. 
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The use of equation 10.79 is seen from the following example, for the 
separation of a stream of C3 to C6 hydrocarbons. 

O'Connell found that a rather better relation could be obtained by 
plotting the overall efficiency in relation to the product of the viscosity and the 
rela|ive volatility of the key components. This relation has also been presented 
by Lockhart and Leggett

  as shown in Fig. 10.48. Thus, in the above example, 
taking C3 and C6 as key components, the relative volatility  α is about 1.76 and 
the mean viscosity about 0.4 cP, giving a product of 0.246. Then from Fig. 
10.48, E is found as 70%. 

Chu has given a more complex correlation for overall efficiency E by 
including the relative flow rates L and V of the phases and the effective 
submergence of the liquid hL. Thus: 

FIG. 10.48. Overall column efficiency E as function of viscosity-relative volatility product 
   
  where L, V are the liquid and vapour flowrates in lb-mol/hr 

  µL    is the viscosity of the liquid feed in centipoises 
α      is the relative volatility of the key components 

  hL      is the effective submergence in ft, taken as the distance from 
        the top of the slot to the weir tip plus half the slot height. 
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Figure 19-36  Use of Murphree efficiency on xy diagram. Dotted 
    line is effective equilibrium curve, y'e vs. xe  for Emg = 
    0.60, ba/ca = yz/xz = 0.60. 

 
  
Figure 19-37 Linear equilibrium and operating lines for use with 

nM. cd, true equiIibrium line, ye. vs xe. ef, operating line, yn+1  vs. xn. gh,  
effective equilibrium line, y'e vs.xe. 
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Pressure Drop in Irrigated Packing. For simultaneous countercurrent 
flow of liquids and gas, the pressure-drop data of various investigators show 
wide discrepangies, somethees as much as 60 per cent for the same type of 
packing and rates of flow, presumably owing to differences in packing density. 
Most of the data available were taken with air and water as the fluids, and the 
effects of liquid properties are not well established. Liquids of high viscosity 
cause greater gas-pressure drop at equal mass-flow rates than liquids of low 
viscosity, but the data are too scanty to permit thorough evaluation. 

Leva14 has shown that an empirical relation of the following type applies 
reasonably well below the loading point: 

 
Considering the variations in the existing data, nothing more elaborate seems 
warranted at this thee. Leva's values of the constants have been adjusted for 
the units used in Eq. (6.28), and these and others for a few additional packings 
are listed in Table 6.3. They should not be used for towers packed with particles 
of diameter greater than one-eighth that of the tower, nor for liquid rates outside 
the range indicated, nor for ∆P/Z beyond that at the loading point. Ag the 
loading point, ∆P/Z for random packings is of the order of 2.6 lb./(sq, ft.)(ft, 
packed depth), while at flooding it is in the range 10 to I5 lb./(sq. ft.)(ft.).
 Values for regular or stacked packings may be very different from this. 

       
TABLE 6.3. PRESSURE-DROP CONSTANTS FOR TOWER PACKING 
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Pressure Drop for Single-Phase Flow 
 
The pressure drop suffered by a single fluid in flowing through a bed of packed 
solids such as spheres, cylinders, gravel, sand, etc., when it alone fills the voids 
in the bed, is reasonably well correlated by the Ergun equation  

 
This is applicable equally well to flow of gases and liquids. The term on the left 
is a friction factor. Those on the fight represent contributions to the friction 
factor, the first for purely laminar flow, the second for completely turbulent flow. 
There is a gradual transition from one type of flow to the other as a result of the 
diverse character of the void spaces, the two terms of the equation changing 
their relative importance as the flow rate changes: Re = dpG'/µ and dp is the 
effective diameter of the particles, the diameter of a sphere of the same 
surface/volume ratio as the packing in place. If the specific surface is ap, the 
surface per unit volume of the particles is ap(1 - ε), and from the properties of a 
sphere 

 
This will not normally be the same as the nominal size of the particles. 

For flow of gases at G' greater than about 0.7 kg/m2 s (500 lb/ft2 * h), 
the first term on the right of Eq. (6.66) is negligible. For a specific type and size 
of manufactured tower packing, Eq. (6.66) can then be simplified to the 
empirical expression 

Values of CD for Sl units are listed in Table 6.3.T 
 
Pressure Drop for Two-Phase Flow 
 
For simultaneous countercurrent flow of liquid and gas, the pressure-drop data 
of various investigators show wide discrepancies due to differences in packing 
density and manufacture, such as changes in wall thickness. Estimates 
therefore cannot be expected to be very accurate. For most purposes the 
generalized correlation of Fig. 6.34 will serve. The values of Cf are found in 
Table 6.3. More elaborate data for particular packings are available from the 
manufacturers. 
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Figure 6.34 Flooding and pressure drop in random-packed towers. For SI units gc = 1, Cf from 

Table 6.3. and use J = 1. For G' = Ib/ft2 h,p= Ib/ft3 µL=cP gc= 4.18 × I08, Cf from Table 6.3, and 
use J = 1,502. [Coordinates of Eckert [38]. Chemical Process Products Division, Norton Co.] 

 

 
 

Figure 6.33 Typical gas pressure drop for counterflow of liquid and gas in random packings. 
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Table 6.3 Characteristics of random packings T 
 

 
 

Table 6.3 Continued 

 

 



TRANSFERENCIA DE MATERIA  - ASPECTOS TEORICOS 

Universidad Mayor – Dr. Carlos Martínez Pavez  - Marzo 2002 137 

 
 

 
 
T data are for wet-dumped packing from Chemical Process Products Division, Norton Co; Koch 
Engineering; Ceilcote Co; Chemical Engineering Progress, and Chemical Engineering. 
T Sizes,1,2 and 3. 
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The interfacial areas for absorption and desorption with water or very 

dilute aqueous solutions aA w are given for conditions below loading by Shulman 
in an extensive series of graphs, well represented by the empirical expressions 
of Table 6.4. For absorption or desorption with nonaqueous liquids, the area is 
aA, given by 

 
and for contact of a gas with a pure liquid, as in vaporization, the areas are 

 
The subscript W indicates water as the liquid. The holdup data are summarized 
in Table 6.5. Although these data are based on work with absorption, 
desorption, and vaporization, the evidence is that the same coefficients apply to 
distillation in packed towers. In distillation, aA's should be used. 
 
Table 6.4 Interfacial area for absorption and desorptlon, aqueous liquidsT 

For conditions below loading, awA= m (808 G´/ρG
0.5)nL’ p;use only for SI units: L´ and G´ kg/m2. s 

[or (lb/h ft2)(0.001356)] and ρG kg/m3 [or (lb/ft3)(16.019)]; aAW= m2/m3; divide by 3.281 for ft2/ft3 ; 

the original data cover L' up to 6.1 kg/m2. s (4500 lb/ft2. h); extrapolation to L =10.2 kg/m2s (7500 
lb/ft2. h) has been suggested  

T Data of Shulman, et al. [I07] 
T For G' < 1.08 kg/m2. s (800 lb/ft2. h) only. For higher values, see Shulman, AIChEJ., 1, 

253 (1955), figs. 16 and 17. 
§ It has been shown that constants for L´ = 0.68 to 2.0 may apply over the range L´ = 0.68 

to 6.1. This may reflect some change in the shape of the packing over the years. 
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Table 6.5 Liquid holdup in packed towers 
 

 
T Data of Shulman,et al. 
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Gas-Liquid Contacting 
The large difference in density 
between gases and liquids makes 
phase separation relatively easy. 
The two phases may be mixed by 
bubbling the gas up through the 
liquid. The gas bubbles separate 
from the liquid into a continuous 
gas phase wheq they reach the 
liquid surface. Stages are built in a 
vertical column so that liquid can 
flow by gravity downward from 
stage to stage. The gas flows up-
ward because of a pressure 
difference maintained by a 
compressor or blower or by a 
boiler. Actual stages in a vertical 
column are referred to as p/ates or 
trays. 
Many different plate types have 
been suggested; only a few are 
considered here. For many years 
the bubble-cap plate was the most 
widely used for 

distillation and absorption columns. The 
bubble cap (Figure 2.2) is designed to 
disperse the gas phase as fine bubbles in 
the liquid. It also prevents liquid from 
flowing down through the gas passages at 
low gas rates. Bubble caps are 
manufactured in many sizes and shapes. 

Figure2.2. Exploded view of a bubbIe cap. 
The riser shown at the bottom of the picture is 
attached to the plate. Gas flows up through 
the riser into the cap and out of the vertical 
slots, where it is dispersed in the liquid phase, 
which covers slots in the bubble cap. (Vulcan 
Mfg. Co)   

Figure 2.3. Cross-flow bubble-cap plates for 
contacting two fluid phases. The gas flow is 
indicated by the light arrows. The liquid flow is 
shown by heavy arrows. The bubble caps disperse 
the gas in the liquid. They are desfgned to minimize 
leakage of the liquid through the gas channels.
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A typical flow pattern in a bubble-cap column 
is shown in Figure 2.3. Here the liquid flows 
across the plate and into the downcomer to 
the plate below. The gas flows upward 
through the bubble caps into the liquid. Figure 
2.3 is a simplified schematic representation of 
a bubble-cap column. 
 

Figure 2.4. Bubble-cap plate with cross-flow. 
The sheet-metal dams (or weirs) that run along 
the left and right sides of the plate pictured 
maintain the liquid level high enough to cover 
the slots in the bubble caps. The liquid flows 
downward from the plate above to the left side 
of the plate pictured. It then flows over the weir 
across the ptate to the weir and downcomer on 
the right side. The inlet weir maintains a liquid 
level covering the lower end of the downcomer, 
so that the gas cannot short circuit up through 
the downcomer. The plate shown is six feet in 
diameter and is constructed of copper for use 
in a 20-plate distillation column in a winery.  
(Courtesy  Vulcan Mfg. Co.)

Figure   2.5. Sieve tray with cross-flow. The view 
is of the underside of the tray, with the downcomer 
attached at the bottom. The grooves running from 
top to bottom are for structural strength, as are the 
support struts running across the plate. (Courtesy 
Vuican Mfg. Co.) 
 

Figure 2.6 Disk-and-doughnut sieve trays for 
contacting two fluid phases. The light arrows indicate 
the gas flow, and the heavy arrows show the liquid 
flow. The gas is dispersed in the liquid on each plate 
by passage throuh the small holes in the plate.
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the sieve tray, such as the cross-flow tray 
shown in Figure 2.5. Another flow pattern 
for sieve trays is shown in Figure 2.6. As 
the name implies, the sieve tray is a metal 
sheet perforated with hundreds of round 
holes. The holes are usually 1/8 to 1/2 inch 
in diameter. The liquid flows across the 
plate and the gas bubbles up through the 
holes. At high gas rates, the gas flow 
prevents liquid from flowing through the 
perforations, but at low gas rates serious 
leaking may occur. This leaking, or 
weeping, may significantly reduce the stage 
efficiency. This is a limitation of sieve trays 
that must be carefully considered in design. 

A more recent development in 
perforated plates is the valve tray. The 
perforations in a valve tray are covered with 
liftable caps, such as those shown in Figure 
2.7. The caps are lifted as gas flows upward 
through the perforations, but they fall into 
place over perforation as the gas rate 
decreases. In this way they greatly reduce 
weeping at low   gas rates. In addition, the 
caps direct the gas horizontally into the 
liquid, thereby giving more thorough mixing 
than sieve trays, where the gas passes 
straight upward through the liquid. 
Perforations in valve trays are often larger 
than in sieve trays - as large as 1½ inches 
in diameter. 

A typical column with cross-flow 
valve trays is shown in Figure 2.8. Valve 
trays can operate over a wider range of flow 
rates than do sieve trays. Their cost is 
between that for sieve trays and bubble-cap 
trays. Stage efficiencies are high and nearly 
constant over a wide range of gas rates. 
Sieve trays and valve trays have replaced 
bubble-cap trays in many applications. 

The design of gas-liquid contactors 

involves complex problems in fluid mechanics. 
References 7, 9, and 12 give detailed design 
procedures for multistage columns. Here only a 
brief summary of the problems is given. The primary 
function of a tray is to give intheate contact between 
all of the gas and all of the liquid. The space 
immediately above the tray should be filled with a 
gas-liquid mixture in violent agitation. There must 
then be space for the two phases to become 
disengaged. 

The tray diameter is determined primarily by 
the volume of the gas phase passing upward 
through the tower. A high gas velocity through the 
trays is undesirable because it yields a high gas-
phase pressure drop. A large pressure drop may 
require greater distance between trays for the 
hydraulic head needed to give liquid downflow from 
tray to tray. Gas-phase pressure drop must have an 
especially low value in columns operating under a 
vacuum. 

The liquid flow across the tray must give a 
sufficient depth to cover the gas ports adequately at 
all gas rates. This may require complex flow 
patterns with several inlets and outlets on large 
trays. Figure 2.9 shows a valve tray with split flow, 
and Figure 2.10 shows terracing on a 40-foot tray 
necessary to maintain reasonably uniform liquid 
depth. The liquid depth is governed by the liquid 
flow rate and the exit weir height. The gas-phase 
pressure drop also depends upon the height of 
liquid above the gas ports. Therefore, the liquid 
height must be adequate to cover the ports- but it 
cannot be excessive, because it may cause undue 
pressure drop. 

Entrainment is the carryover of liquid 
droplets in the gas phase to the plate above. Such 
carryover is undesirable because it effectively 
lowers the stage efficiency. Entrainment occurs at 
high gas flow rates, so that the column diameter 
must be adjusted to give a gas velocity (for a 
specified mass 
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                          Figure 2.8 A cutaway of a column equipped with cross-flow valve    trays. (Courtesy Clitsch, Inc.) 
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Figure 2.9. A valve traywith a split-flow pattern. The liquid flows from the 
plate above through downcomers to the two btank rectangular areas on the 
plate shown. It then flows both ways to downcomers across the diameter and 
at each edge (delineated by weirs). (Courtesy Glitsch, Inc.) 

 

 
 

Figure 2.10. A terraced valve tray. This tray has such a large diameter (40 ft) 
that it must be terraced to ensure uniform liquid depth. The tray section in the 
foreground have not been installed. The downcomer to the tray beTow is at 
the central diameter, beyond which three terraces of valve caps can be seen. 
The wire mesh, partially installed in the right foreground, aids in removing 
liquid dropTets from the gas flowing up from below. Trays of this size are used 
in crude el[ distillation. (Courtesy, Glitsch, Inc.) 
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FIG. 12.17 Glitsch “truss type” bubble tray in stainless steel for 1.9 m absorption 
column. 

 
Flgure 19-31 Normal  operation of sieve plate. Zcr, height of station a above datum. 
Zcr  weir crest. ZL, liquid-fraction head. Zp, pressure head across plate. Zn,net head in 
down pipe. Zw weir height. 
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Figure 6.8 Schematic section through sieve-  tray 
tower. 

 
Figure  6.27 Packed tower. 
 

Figure 6.30 Multibeam support plate. (Chemical 
Process Products Division, Norton Co.) 
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Figure 6.28 Some random tower packings: (a) Raschig rings, (b) Lesslng ring. (c) 
partition ring. (d) Berl saddle (courtesy, of Maurlce A. Knight)(e) lntalox saddle 
(Chemical Processing Products Division, Norton Co),(f) Tellerette (Ceilcote Company, 
lnc.), and (g) pall ring (Chemical Processing Products Division, Norton Co.). 

Figure 6.29 Regular, or stacked, packings: (a) Raschig rings, stacked staggered (top 
view), (b) double spiral ring (Chemical Processing Products Division, Norton Co.), (e) 
section through expanded-metal-lath packing. (d) wood grids. 

 

 


